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ABSTRACT

A fluidized bed reactor suitable for studying heterogeneous
.gas-so0lid reactions at ~ambient . pressures and at. elevated
temperafures has been constructed. The facility developed is
ﬁarticularly useful  for studying cataiytic énd non-catalytic
reactions under a Jwide range 6f operating conditions. To
demonstrate the usefulness of the reactor, hydrogenation of 002
over alumina supported nickel catalvyst has been studied under
varying conditions of temperature, composition of reactant mixture,
reduction conditions and flow rate.

Conversion of carbon dioxide to methane was found to increase
continually from 210% .to 300°C but the rate of this increase in
conversion dropped from 240°C onwards. Carbon diexide concentration
in the reactant mixture was varied from 2.6% to 7.8% and the feed
flow rate was varied from 424 ml/min to 1192 ml/min corresponding
to superficial fluidizing velosity of 1.4 cm/sec to 4.0 cm/sec,
Resﬁlts have been compaved with those obtained in fixed bed reactor
by other researchers. Fixed bed reactor literature show that there
is an effect of flow on conversion  whereas in this work it was
found that flowrate has no effect on the conversion. Conversion
achieved in the present study were found to be higher than
.conversion reported for fixed bed reactors for similar conditions .

of temperature and composition.
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CHAPTER-ONE

1,  Introduction:

Methanation, the hydrogenation of carbon oxides to methane,
has been the subject of a large number of catalytic studies during
the past seventy years. Crude hydrogen or ammonia synthesis gas
prroduced by hydrogen/stegm reforming or partial oxidaticn of
hydrocarbons, followed By!CO shift and absorption of 002, still
contains about 0.5% of carbon 6xides. These impurities are usually
removed by hydrogenation to methane on a supported nickel catalyst
to avoid poisoning of the catalyvsts used in subsequent processes
such as the synthesis of ammonia. The stoichiometric equation

involved are:

CO+3H2 ——— CH4+1120

Studies on rate of hydrogenation of carbon monoxide, carbon
dioxide and also the mixture of €O and CO, are needed to evaluate
the process and to design the equipment properly. Recent interest
in methanation reaction is a result of this reaction beiqg required
as the final step in the production of substitute natural gas (SNG)
from coal. The practical significance of this process will no doubt
hinge on the creditability predicted for the severe shortages of
natural gas for the imminent future. Inéreasing demand for natural
gas as a fuel and chemical raw material, coupled with chemical gas

reserves, has focused considerable 1interest on utilizing the
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tremendous coal reserves as a possible source of gaseous fuel. An
attractive process for the production of gaseous fuel from coal
involves the preparation of synthesis gas containing carbon
monoxide and carbon dioxide, by the reaction of coal with oxygen
and superheated steam and the subsequent rntalytic hydrogenation of
the gas to methane and other hydrocarbons. Studies on the rate of
hydrogenatlon of carbon monoxide and carbon dioxide are needed for
this purpose.

Most of the previous work (1,2.5,6.}4,15) on methanation has
been expended in the study of the reactions uéing various catalysts
as well as different types of reactors. In the earlier works(5),
nickel was found to be a very efficient catalyst. Nickel is still
the material of choice in most investigations of methanation,
althoﬁgh, ruthenium, cobalt and iron are also active. Nickel
catalysts were used for methanation in supported form, usually on
acid washed kieselguhr or on alumina. The reactors were mainly
fixed catalytic bed reactor,

In the present investigation, the reactions between hydrogen
and carbon dioxide that produce methane and water was studied in a
fluidized bed reactor. The éatalyst used was a alumina supported
nickel catalyst, The effect of temperature, composition and flow
rate or space velocity on the conversion of carbon dioxide to
methane was determined. In view of the potential significance of
the methanation reactiaon with the variation of different parameters
in fluidized bed reactor rather than fixed bed, this study was

undertaken.
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CHAPTER-TWO

LITERATURE REVIEW

2.1 Fluidization

2.1.1 Introduction

A fluidized bed reactor is one in which feiatively small
particles of catalyst are suspended by the upward motion of a
fluid. Virtually, in all industrial applicationS the fluid is a gas
which flows upward through solid particles at a rate which is
sufficient to 1lift them from a supporting griﬂ, but which is not so
large as to carry them out of the reactor or even to prevent them
from faliing back into the fluidized phase above its free surface.
The particles are in constant motion within a relatively confined
region of space, and extensive mixing occurs in both the radial and
longitudinal direction of the bed (10}.

Fluidized bed reactors were first employed on a large
scale for the catalytic cracking of peﬁrqleum fractions, but they
have since then been employed for an increasingly large variety of
reactors, both catalytic and noncatalytic. The catalytic reactions
includes the partial oxidaﬁion of naphthalene to phthalic anhydride
and formation of acrylonitrile from prﬁpy]ene, ammonia and air. The
noncatalytic applications include the roasting of ores and the

fluorination of uranium oxide.

2.1.2 Conditiohs for Fluidization

Consider a vertical tube partly filled with a fine
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granular ﬁaterial such as catalytic cracking catalyst. The tube is
open at the top and has a porous plate at the bottom to support the
bed of catalyst and to distribute the flow uniformly over the
entire cross section. Air is admitted below the distributor plate
at a low flow rate and passes upward through the bed ﬁithout
causing any particle motion. If the particles are quite small, flow
in the channels between the particles will be laminar and the
pressure drop across the bed will be proportional to the
superficial velocity (Va). As the velocity is gradually increased,
the pressure drop increases, but the particles do not move and the
bed height remains the same. At a certain velocity, the pressure
drop acrosslthe bed counterbalances the force of gravity on the
particles or the buoyant weight of the bed and any further increase
in velocity causes the particles to move. This is point A on the

graph (Fig. 2.1)
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Sometimes the bed expands slightly with the grains still in
contact, since Jjust a slight increase in voidage can offset an
increase of several percent in superficial velocity., With a further
increase in superficial velocity, the particles become separated
enough to move about in the bed and true fluidiéation begins (Point .
B),. | | |

Once the‘bed is fluidized, the pressure droﬁ acrqss the
bed stays constant, but the height continues -to increase with
increasing flow. If the flow rate to the fluidized bed is gradually
reduced, the pressure drop remains constant, and the bed height
decreases, following the line BC. However the final bed height may
be greater than the initial value for the fixed bed, since solids
dumped in a tube tend to pack more tightly than solids settling
from a fluidized state. On starting Up again, the pressure dropn
offsets the weight of the bed at point.B. and this point, rather
than point A, should be considered to give the minimum fluidization

velocity, V0

2.1.3 Minimum Fluidization Velocity: .
An  eguation for the minimum- fluidization velocity
relating particle size, pPorosity and tﬁe density of fluid of fluid

particle are given by:

Vo = =m=mmmme-de L B0 (2.1)
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Again the terminal settling velocity to the laminar region is given

by (12):

gDp?‘ ( 6-€)
ut Z= e (2.2)
18/
The ratio ung gives
U 8.33(1- GH)
~=i- = Y I et - (2.3)
Vo % €%

So the ratio ut/V“ depends mainly on the void fraction at minimum
fluidization. For spheres, with €H=:0'45’ the terminal settling
velocity is 50 times +the nminimum fluidization velocity. For
nonspherical particles, ¢E it is less than 1. However, the value
of €y is generally greater for irreglular particles than for
spheres, and for 7% = 0.8 and €H1='0.5, the ratio 1%/V“ is 52,

about the same as that estimated for spheres.

2.1.4 Types of Fluidization:
2.1.4.1 Bubbling Fluidization

Beds of solids fluidized by air usually exhibit what is
called aggregative or bubbling fluidization. At superficial
velocity much greater than vw most of the gas passes through the
bed as bubbles or voids which are almost free of solids, and only
a smali fraction of the gas flows in the channels between the
particles. the particles move erratically and are supported by the
fluid, but in the space between bubbles, the void fraction is about
the same ag at incipient fluidization. The behavior of a bubbling

fluidized bed depends very strongly on the number and size of the
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gas bubbles, which are often hard to predict. The average bubble
size depends on the nature and size distribution of the particles,
the type of distributor plate, the superficial velocity and the

depth of the bed.

2.1.4.2 Particulate Fluidigzation

When thé fluidizing fluid ig liquid, beyond the minimum
fluidization velocity ﬁﬂ, the particles move further apart and
their motién becomes more vigorous as the velocity is increased,
but the average bed density at a given velocity is the same in all
sections of the bed. this is called particulate fluidization and is
. characterized by a large but uniform expansion of the bed at high
velocities, |

The generaliiation that liquids give particulate
fluidization while gases give bubbling fluidization 1is not
completely valid. The density difference is an imﬁortant parameter,
and very heavy solids may exhibit bubbling fluidization with water,
while gases at high pressure méy give particulate fluidization of
fine solids. Also, fiﬁe solids of moderate density, such as
cracking catalysts, may exhibit particulate fluidization for a
limited range of velocities and then bubbling fluidization at high

velocities.

2.1.4.3 Slugging Fluidization

If a small diameter is used with a deep bed of solids,

the bubbles may grow until they fill the entire cross section.
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Successive buBbles then travel up the column separated by slugs of
solids. A situation is reached where the vessel dimensions
determine the bubble size, which is called slugging regime or
slugging fluidization. An advantage of slugging in reactors is that
the slugs have a well defined shape, are easy to observe, and
reliable reactor models can be made based on many investigations.
LY

2.1.4.4 Turbulent Fluidization

At higher velocities slugging béds or bubbling beds may
disintegrate, and a turbulent structure may occur in which dense
and less dense domains or streaks are visible, which can hardly be
called bubbles and dense phase. This regime is called turbulent
fluidization. The transition to this regime is not well defined,
but for cracking catalysts the transition from bubbling bed to
turbulent bed will roughly occur at a velocity between 0.4 and 0.8
m/s, depending on the particle size.

2.1.5 Modeling of Fluidization:

A number of different types of reaction are.commonly carried
out in fluidized reactors; gas phﬁse reactions, éolid—catalyzed
reactions, and reactions involving reaction between gas and solid
rhases. Catalytic reactions are probably the most common in
chemical .engineering, but in all these cases, and particularly the
last two, what is important is the contact time distribution
between the two phases. For heterogeneous reaction the contact time
distribution plays the same role as the residence time distribution

“for homogeneous reactions. Practically the behaviour of a bed
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depends strongly on many variables: particles, gas flow, bed
diameter, distributor design etc.

In two phase system, the presence of bubbles, and their effect
on gasfsolid contacting and mixing, lies at the root of the bed's
behaviour. May’s model (11), described the bubbling bed as a two
phase system, characterized by an interchange between the bubbles
and the emulsion or dense phase (Fig. 2.2). The bubble phase, which
is free of particles, is essentially in plug flow and the gas
mixing in the dense phase is characterized by a dispersion co-
efficient. It is worth noting that May’s model gives a reasonable

account of the effects of gas interchange on reactor performance.
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Fig., 2.2: Two phase model.

Orcutt, Davidson and Pigford (11) developed a model relating bubble

rising velocity, bubble size and with gas velocity. In this theory
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the‘bubble rising velocity is considered proportional to the square
root of the bubble radius, which is consistent with the assumption
that the particles move around the essentially spherical bubbles
like an inviscid 1liquid. Davidson'’s model alsc accounted the
resistance to diffusion within the particulate phase for the
interaction between the convective flow. He determined the
significance interchange depends on ¢ = Ub/Uo which is the ratio
between the bubble velocity and the interstitial gas velocity at
incipient fluidizatioﬁ. As Davidsonr showed, and subsequent
experiménts have confirmed, the gas flow relative to & rising

bubble depends strongly on ¢ (Fig. 2.3).
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Fig. 2.3: Flow around bubbles in fluidized bed.

Rowe and Partridge’s (11) assumed that the bubble plus cloud

ensemble is perfectly mixed and that a fraction of the gas within
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thfs ensemble, equivalent to the volume of the surrounding cloud
and wake, is in contact with the particles at any instant. The
significance of this assumption can be grasped by the anélogy shown
in Fig. 2.4. The equation which describesthe situation are:
d/dt (Vﬁh + Vf%) = -k V,C, (2.4)

where,

‘Vl,vz : Volumes of bubble cloud and veid,

cpcz : Concentration in cloud aﬁd in voig

K : rate constant
The assumption implicit in Rowe and Partridge’s model is that the
time constant (=V€/Q) of the empty bubble is much smaller than that
of the c;oud and wake where the reaction is proceeding. Since in
general VﬁV@, This could only be exactly true if interchange were
infinitely fast although in practice with slow .reactions the

assumption will be more nearly correct.

Fig. 2.4: Reaction in bubble cloud.
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2.1.6 Advantages in using fluidized bed reactors

Several advantages are associated with the use of fluidized
bed reactors. Uniform temperature can be maintained throughout the
catalyst bed. This property is a consequence of the high degree of
turbulence Qithinrthe bed, the high heat capacity of the solid
catalyst comprising the bed relative to the gas contained therein,
and the extremely high interfacial area for heat transfer between
the solid and the gas phase. These facilitate control over the
temperature of the reactor and its contents. This in turn enhances
"the selectivity that can be achieved and permits very large scale
operation.

The advantage of fluidized bed reactors is that they permit
continuous, automatically controlled operations using reactant
catalyst systems that requires catalyst regeneration at very
frequent intervals. Fluidized bed operation permits one to easily
add or remove the catalyst from the reactor or the regenerator.
Regeneration can be achieved by any convenient procedure, but the
use of fluidized bed regeneration permits continuous operation and
is usually most economical. Furthermore, the circulation of solids
between two fluidized beds makes it possible to transfer large
quantitiés of energy between the reactor and the regenerator. The
feature is particularly useful in catalytic cracking reactions
where the exothermic regeneration reaction can be used thereby to
supply some of the energy requiremeﬁts for the endothermic cracking

reactions.
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2.1.7 Disadvantages in using fluidized bed reactor

Disadvantages are also associated with fluidized bed reactors.

They cannot be used with catalyst solids that will not flow freely
or that have a tendency to agglomerate. Attrition of the solids
also causes some loss of materials as fines, which are blown out of
the reactor. Extensive solids collection systems including cyclone
separators and electrostatic precipitation must often be provided
to minimize catalyst losses and contamination of the environment.
‘Another disadvantage of the fluidized bed operation is that it
leads to a larger pressure drop than fixed bed operation. Erosion
of pipes and reactop internals by particles can occur. In general,
operating and maintenance cost will be relatively high for this
mode of operation compared with similar scale operations with other
reactor types. Fluidized bed operations also have the disadvantage
that the fluid flow deviates markedly from plug flow, and the
bypassing of solids by bubbles can-lead to inefficient contacting.
This problem is.particularly significant when dealing with systems
in which high convgrsionsrare desired. It can be circumvented to

some extent by using multiple beds in series.

2.2 Methanation of carbon dioxide:

2.2.1 Thermodynamics

The principal reaction which occur during methanation of CO, is
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This is a highly exothermic reaction. It has a heat of
reaction of -39.5 KCal/gmol {Table-2) at 298°%. Equilibrium

constant for this reaction may be defined by
K e (2.6)

The value of eguilibrium constant decreases with increasing
temperatures., Table 2.1 lshows equilibriuﬁ constants for CO,
methanation at different temperatures. The exothermic nature of the
methanation reaction gives a temperature rise corresponding to a
given conversion of COz. The temperature rise for a typical
methanator gas composition (CO .5%, COyy . 2%, HO, 1%, H,73.3%, CH;
1%, Ny 24%) is 60°% per 1% of CO, converted. Specific heats for
different components of the gas streams vary with temperature but
are independent of pressure. Table 2.2. lists specific heats and
heats of formétioﬁ of the various components of the gas streams,

catalysts, supports, etc.

Table 2.1 KpCM Values at different temperatures
]

Temperature('C) Equilibrﬁ m Constant
{atm )

200 .94748x10°

220 ‘ ' .15589x10°

240 _ .29435x10°

260 ' , .62706x10"
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280 .14863x10
300 .38747x10°
320 .11001x10°
340 - .33737x10°
360 .11094x10°
380 | .38882x10"
400 . .14442x10"
420 , .56582x10°
440 \ .23282x10°
460 .10023x10
480 .44995x10"
500 | .20997x10"
520 . .10157x10°
540 .50814x10!
560 / .26225x10!
580 | | .13936x10
600 .76104x10!

Table 2.2 Thermodynamic data relevant to COzlnethanation

Specific heats:

(a) Catalyst:

NiO : C 11.3 + 0.00215T Cal/deg. °C.gmol.

Ni : C 4,26 + 0.0064T ‘ "

{]

22.08 + 0.008971T-522500T % "

1t

Alzos HE
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{b) Gas streams:

H, 'Zp = 6.62 + 0.0081T Cal/gmol °C
Ny ’,p = 6.5 + 0,001T "
CcO Ep = 6.6 + 0,0012T "
co, C, = 10.34 + 0.00274T-19557°2
CH, (":p = 5.34 + 0,0015T "
H,0 C, = 8.22+0.000157T - 0.00000134T¢ »
Heats of formation:
NiO au® = _ 58.4 Kcal/gmol
RO 0 ant® o 57,7979 ¢
co i aHM = -26.416 "
co, i 4 = 94,052 "
CH, : AR = _17.889 o
Heats of reaction:
o, + 4H, CH‘+2H2(; apt® - 395
NiO + H, Ni v+ H 0 A8 - 0061
Ni + 1/2 0,  NiO an ™= _58.4

2.2.2 Kinetics;

Methanation of 002 is first order with respect to COz when
the concentration of CO, is suttficiently low such as the
concentration in CO, scrubber effluent., Under these conditions the

reaction kinetics has been proposed (7) in the following manner.
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Methanation reaction:
COz + 4H2 =. CH4 + 2H§) (2.7)
Assuming pseudo first order reaction on carbon dioxide, the rate of
feaction may be expressed as
follows:
r =k (C - C,/K) (2.8)

xR
r =k (1 - ———=~~ ) (2.9)
Xqh :
where r : rate of reaction.
k : rate constant, k is the Arrhenius form function

of temperature.
CE ¢ mols of reactant
Cp‘: mols of product

K ! equilibrium constant.

On the other hand, from the mass balance over catalytic unit, the
following equation may be obtained.

F. dx, = r dW | (2.10)

where, F : feed rate, mass per unit time,
W : mass of catalyst in reactor.
r : reaction rate, mols/mass of catalyst/time

Xy * conversion, mols/unit mass of feed.
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By integrating equation (2.9), equation (2.10) can be obtained,
T TR L L S (2.11)

where SV_: space velocity, volume of feed/vol. of cat./unit
time

From equation (2.9) and (2.11), equation (2.12) may be

derived.

In(-m--m-mmmeam - ) (2.12)

K, = SV, log {1 - -—~=m=eomaeemn ) (2.13)

Since reactant R is COzhere,

COE’ in = COZ’ out

Xp = X T e e
R co2
COZ’ in
COz, in - COZ eqg. out
x R R s I i ———
e?.COz COy, in

where COz, in : mols of CO2 inlet,
002, out: mols of 002 outlet

COa eq, out: mols COz outlet at equilibrium
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Therefore equation (2.13) may be changed as follows:

Or, K, = 8V ( -= + 1) log (==-——t-——mmotmm e~ )
. G 002, out - COz. eq. out
where; SV : dry gas space velocity at inlet condition
SV, : SV(S/G + 1)

S/G : Steam to dry gas mol ratio, inlet basis.

G COz,out - COz, eq.out

Actually, rate constant k (consequently Kw] is determined by
various factors such as temperature, operating pressure, catalyst

size factor, catalyst aging factpr etc.

2.2.3 Mechanism

Two proposed schemes for the mechanism of synthesis of methane
from carbon dioxide and hydrogen have been discussed by Mills &
Steffgen (5).lAccording to one scheme the reduction of Co, to CH,
occurs with the intermediate formation of CO.

The other scheme suggests that the reaction does not proceed
through intermediate CO formation.

The idea that CO, does not react by a mechanism not involving
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intermediate CO formation was proposed as the following reaction

sequence.,

+2H, _-OH -H,0 +H © -H,0  +H
OH

{2.15)

In addition to the direct methanation of COP there 1is
evidence that CO2 is removed by the water gas shift reaction(9), by

conversion to CO;

It a catalyst is tested with COyy with no CO in the inlet gas,
a trace of CO is found, indicating the occurrence of the above
reaction.

Later the mechanism for hydrogenation of CO, have been
reviewed by Yuzefovich et. al (8) in detail. They conclude that
kinetic data cannot confirm a particular mechanism directly and
that evidence by independent methods is required.

They found from weighing experiments that there is no
significant adsorption of CO, and the products of its
transformation. Further, when they introduced a mix of H2 and CO2
to the untreated catalyst, the work function remained unchanged
relative to that in an atmosphere of hydrogen. This indicates that
adsorpfgon of COZ and the formation of ‘complexes influencing the
electronic structure of the catalyst does not take prlace on the

surface of the catalyst containing dissolved hydrogen. They
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adsorption of COz and the formation of complexes influencing the
electronic structure of the catalyst does not take place on the
surface' of the catalyst containing dissolved hydrogen. They
.conclude that recent experimental results refute the suggestlon
that the start of formatlon of CH‘ from COz on nickel catalysts is
Preceded by the adsorption of both components of the reactions, and
indicate that hydrogen adsorbed on the catalyst surface reacts with
molecules of carbon dioxide in the gas phase,

Vlasenk and Yuzefovich (8) proposed another type of mechanism.
They proposed that the form;tion of CH4 from‘Coz and Hz appears to
be one in which the formation of complexes of a type corresponding
to the enrol form of formaldehyde takes place initially,'and in
which the subsequent transformations are analogous to the stages in
the hydrogenation of CO, but with the significant difference that
in the reduction of CO2 these changes take rPlace not on the
catalyst surface, but in the volume of the gas -

The mechanism proposed (8) is

2 ] + 2e + Hy --» 2[H]"

OH
s
2[H]" + co, -=* [HCOOH]  ---3 2[ ] 4 c\ +2e(slou)
OH , OH
P2
N
OH
H - C - OH + Hz ———3 CHz + H20

CHa + Hz —— CH4
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According to this scheme, the process 'is initiated by. the
"activation of only the hydrogen on the catalyst surface, after

which the reaction takes place in the gas volume.

2.2.4 Catalysts

2.2.4.1 Overview

Early in the 1920s Fischer, Tropsch, and Dilthey (8)
compared the methanation properties of wvarious metals at
temperatures upto 800°C. The decreasing order of methanation
P

activity was Ru, Ir, Rh, Ni, Co, O ;» Fe, Mo, Pd, Ag. Thus by

8!
1925 all of the metals now considered active for methanation of
carbon oxides had been identified. In terms of metals important for
methanation, the list could now be shortened to Ru, Ni, Co, Fe and
Mo.

Further progress:over the ﬁast 50 years has had to do with
preferred promoters, supporters, and preparation conditions to
obtain high selectivity and to maintain catalytic activity. A brief
description of pertinent literature since the mid 50’s follows in

which the catalysts are grouped according to their most active

constituent.

2.2.4.2 - Nickel

As a methanation catalyst, nickel is preeminent; the metal
is relatively cheap, it is very active when present in a form
having high surface area, and it is the most selective to methane

of all materials.
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Alloys of nickel with different proportions of copper is
found to wvary in fheir selectivity when methanating COZ' Good
selectivity to mgthane is achieved only with pure nickel and
selectivify'to CO is very pronounced with greater than 4% copper in
the alloy; with more than 50% copper, amount of CO obtained is
high, but with no methane. The conversion of COy remains unchanged

for alloys ranging from 4 to 100% copper as shown in Fig. 2.4A,

100 - !;
— -60°5
? 90 ,® § A : Saleckvily to CHg
E co- { -40 é. B : Selectiviy to CO
. / —_— ..
> L - e —— & e - — = - - L C . Parcent of input <G
%40_ ; —mé_ Whidh reacted .
Y o/ o~
'
o

Atem1 percent wppen

Fig. 2.4A: Hydrogenation of COa over nickel-copper catalysts

The main drawback of the nickel catalyst is that it is
- easily poisoned by sulfur.compounds, a fault common to all of the
highly active methanation catalysts. Sulfur can poison a
methanation catalyst permanently and drastically reduce its
activity. In fact, a given amount of sulfur may possibly poison a
methanation catalyst more severely than it does a reforming
'catalyst (7). It is also true that nickel can react with CO to form

a carhonyl Ni(CO)4, a carbide Ni30 or even free carbon but these are
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easily avoided through the proper selection of reaction temp. and

use of an excess of HZ over the stoichiometric ratio.

2.2.4.3 Ruthenium

Ruthenium was early recognised as a very éctiVe
methanation catalyst. Though its cost is very high, this catalyst.
can compete with cheaper catalysts for long catalytic life and high
activity and selectivity. Traces of sulfur éompounds rapidly
deactivate the ruthenium catalyst.

With this catalyst at atmospheric pressure and at 300°C
the methanation reaction gives only methane (5). At higher pressure
the reaction initiates at lower temperature bqt higher molecular
weight products with increasing pressure. A catalyst containing 0.5
wt% ruthenium at 250°C using various }H/Coz and }h/CO ratio, low
ratios invariably give large amounts of high molecular weight
products while relatively more methane form with a higher ratioj

also lower pressure favours methane production.

2.2.4.4 Cobalt and Iron

In 1956 the British Bureau of Minesrinvestigated catalysts
derived from Raney alloys as a means of synthesis of high Btu fuel
gas (8). Raney cobalt, when extracted with alkali to remove a
portion of aluminum, was found to be very active for methanation,
producing gas with a COZ free heating value over 950 Btu/CF at high
space velocity. However, that catalyst tended to deposit carbon

more than nickel catalysts under the same operating conditions.
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An unusual iron catalyst, carbon expanded iron, was
discovered by the Bureau of Mines to have activity as a methanation
catalyst. Iron catalyst, from steel turnings that were first
oxidized 20% in steam and then reduced, was used to methanate a 3:1
synthesis gas at 400 psig & 320°C using hot gas recycle. It is a
very active form of iron and maintains its activity well, but
ultimately carbon deposition leads to bridging and plugging of the

reactor.

2.2.4.5 Molybdenum and Tungsten

Molybdenum and tungsten methanation catalysts stand out
because they are sulfur resistant and, in fact, are commonly
sulfided before use. A variety of molybdenum catalysts were
prepared and tested for methanation activity by the Bureau of Mines
at 21 atm and about 300 GPSU (11}, Only moderately active catalysts
were formed at best, and relatively high temperatures were
required. The highest selectivity to CH‘ was 79 to 94%, obtained
with a coprecipitated and sulfided catalyst,

A tungstenwalumina catalyst prepared by copfecipitation is
quite inactive and requires 600°C for 43.6% conversion of 1:1
synthesis gas. Tungsten sulfide, WSZ, is more active in the direct
methanation of CO or COzpresent in the gasification product from

coal to obtain a higher Btu fuel gas.
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2.2.4.6 Industrial applications

At present, methanation is used to convert relatively
small amounts of harmful carbon oxide to methane whereas in ammonia
synthesis, carbon monoxide especially would interfere with
catalytic utilization. Variations in the preparation, of nickel
catalysts supported on alumina can greatly affect the activity and
stability of the catalysts. The several types of catalysts are
formulated on specifically prepared alumina supports which impart
the optimum combination of catalyst activity and thermal stability
(7). Although high activity is a basic requirement for the
methanation catalysté, the support base must be able to withstand
overheating without signifiéant loss of catalytic properties.
C#talysts prepared by impregnation of alumina with nickel nitrate
had low activity and stability compared to a coprecipitatgd
catalyst from nickel nitrate and sodium aluminate.

Cromia supported nickel catalysts varies with their
different composition. With this variation, reduction time and
temperature differs markedly. Ni-Crﬁ% catalysts are less active
than nickel on kieselguhr or a coprecipitated catalyst from water
glass and nickel nitrate. Nickel supported on kieselguhr has been
widely used for a long time.

From an industrial viewpoint, high selectivity to meth;ne
is not difficult to achieve. Rather the problems are prevention of
catalyst deactivation by sulfur compounds or carbon deposition and
also those arising from the highly exothermic nature of

methanation,
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With nickel catalysts it is usual to limit sulfur in the
- gas to less than 1 ppm by providing rigorous purification. Carbon
deposition on the catalyst can be avoided by operation with a
significantly ‘high hydrogen to carbon-oxides ratio. Excessive
temperature in methanation are avoided by either limiting the
carbon-oxides content of reactant gases or providing apparatus to

permit heat removal.

2.3 Previous work

Methanation, the hydroéenation of carbon oxides to methane,
has been the subject of a large number of catalytic studies during
the past 70 years. Study of methanation of CO; in fluidized bea
reactor have rarely been done. However, there are severalrstudies
of the general aspects of this reaction in other reactors. These
are reviewed in this section as some aspects of these studies are
quite relevant to the present work.

W. Debruijn and et. al. (1) studied the methanation of carbon
dioxide in hydrogen at atmospheric pressure in a parallel passage
reactor. The rate equation for the methanation reaction they

proposed is

rcoz R T ————— - ] (2'17)

They assumed mass transport in channel screen and catalyst bed
entirely due to diffusion. On the basis of that assumption, they

developed a model relating concentration as
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a - .- 2A- . 1/2
Deff{-ﬂ_) -~ DEff { -"-2 (BCk - ln(1+BCk))} (2-18)
Y":Yk B
where,
A = (, Ko RT exp(-Ea/RT) Deff.

‘B = KCM RT

Cy = Conc. in catalyst bed at wire screen

C Concentration

Y

H

Running variable perpendicular to direction off flou.

Y, = Y, behind wire screen.

" Van Herwijneu et. al (6) studied methanation of CO and Co,
on a nickel catalyst in tubular reactor. They assumed the localised
Lﬁngmuir chemisorption which leads to kinetic equation known as
Langmuir Hinshelwood kinetics, as Eley-Redial mechanisms and also
as Hougen-Watson'models. Following this approach, the general form
of kinetic equation is

K exp(-E/RT).g(P).(1-p)
T O (2.19)

In this equation g(P) is a pure kinetic term which is followed
by a correction for the deviation from thermodynamic eguilibrium,
{1- 8}, In thé denominator, f(P,T) originates from the coverage
balance over the active sites and m is the number of sites involved
in the rate determining step.

Their approach was that the value of ¢ is very small so th#t

it can be neglected, g(p) is only a function of the partial
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pressure of hydrogen and the carbon oxides, provided that the
effects of the reacfion products in the numerator used not be taken
into account. Furthermore, they considered, partial pressure of
hydrogen is Vefy large compared to that of the carbon oxides and as
a consequencé g{p) is a function of carbon oxides only. For the
same reason the contribution of hydrogen to the denominator can be

neglected. They supposed that dissociative adsorption of CO, €Oy,

CH4 or Hzo does not occur, which resulted in a simplified rate

equation:
Kx exp(-E/RT) Py,
rcoz T T T T T T T S T T S T T T T T T T e ];"'"'""_ (2.20)
(1+Kpgy Prog + KygPyap + KogiPoyy)
when reactants only are present, this equation becomes
K. P
r = L S {2.21)

Debruiju and et. al (1) studied the methanation reactioﬂ in
the temperature range of 208-242° and at atmospheric pressures.
Volume flow rate and carbon diéxide concentration (vol™) in inlet
was in the range 0.05-0.45 Nma/h_and 0.19-2.56 vol™ respectively.
They used.the methanation cafalyst Girdler G.65 Ni/AlZOﬁ hﬁO/Alfh
= 3:3 w/w; particle size = 0.356-,42 mm.

The authors presented their experimental results graphically
as conversion vs, space velocity for three-temperature at several

concentrations of COain hydrogen,
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Fig. 2.4B: Plot of conversion against space velocity

They showed, at high space velocities, i.e. at low residence times,
the ratio of mass transport through the channel into the catalyst
is relatively high, resulting in low CG, conversion. As the flow

rate of gas in the channel was decreased, the above ratio

diminished and a larger proportion of COa was converted. At very

low space velocities the residence time apparently was long enough
to give comﬁlete conversions.

Doesburg and Dejoné (2) methanated CO, in a adiabatic fixed
bed methanator containing Ni/Al,0; catalyst. They studied the
response of a 0.5 litre methanator changing the inlet conditions
with 0.6-2.5 vol™ COain hydrogen; 180-280% inlet temperature, and

space velocity 5.0-32.0 hrl. They used G-65 catalyst, 25 wi% Nion
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Al,0,, dp = 0.42 - 0.60 mm, particle density 2750 kg/m', and
particle porocity 0.46.

They considered three types of disturbances in the feed of COa
in hydrogen separately:

i) They increased stepwise the concentration in the feed to an
isothermal reactor. With the inlet temperature of 241°%C, Cin = 0.8%
COP Sv=17000 hr# and affter 195 seconds, they monitored the
temperatures at different position throughout the length of the
reactor. They plotted temperature versus length of the reactor and

obtained the axial temperature profile shown in fig: 2.5

300~ .
Tin = 240
250 Cin = 0'3’-'@&
Data was coflected after
Y 135 see.
l- 265
240
° oOF vo

~———3 A (_Dimensionless length)

Fig. 2.5: Plot of temperature against dimensionless length
of the reactor for data collection after 195 sec.

ii) In the next type, reactor was not isothermsal. Insteads, there
was an axial temperature profile at the time of the step change in
concentration. They measured temperatures after 205 seconds
throughout the length with change of inlet CO, concentration from
Cin = 0.8% CO, to C% = 1.72% COZ and same inlet temperature of
241%, sv = 170600 hr’'. The profile obtained is shown in Fig. 2.6.
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Fig. 2.6: Plot of temperature against dimensionless length of
the reactor for collection of data after 205 sec.

In this type, they experimented the disturbance of feed
temperature. They found, the temperature in the second part of the
bed decreased when they increased entrance temperature; conversely,
the temperature in the second part of the bed increased with
decreasing feed temperature. Théy explained this by considering the
lower conversion of COa in the first part of the bed when the
entrance temperature was low; more CO, reacted in the second ﬁart.
That condition persists until the second part was cooled enough so
that the¢ .exponential inflﬁence of the decrease in temperature
overshadowed the competitiv; effect of the increased concentration
" on the reaction rate. A similar explanation applies to an increased.
feed temperature.

Herwi jnen and et. al (6) used the nickel catalyst G-65. The



33
catalyst was of 36 wt¥X¥ NiO and a BET surface area of 40 mz/g;'size
of 0.35-0.42 mm. They measured the rate of hydrogenation of COz at
200, 215 and 230°C in the concentration range .22 - 2.38# in
hydrogen at & total pressure of 1 atm.
Firstly, they presented results graphically, thelrate as a

function of partial pressure of CO,.

00}
s 230 ¢
x 2S5 .
o 200 %
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Q
o
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1
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0 , r Y
o o0\ 009,

——r Peos (atm)

Fig. 2.7: Plot of rate as a function of partial pressure
of carbon dioxide

They showed a change from first order dependency below 0.004 atm to
zero order dependency at partial pressure above 0.015 atm. They
described this with the langmuir isotherm, which meant that egqn.

(2.21) holds with m equal to one. Transformation of that equation
gives

P , - (2.22)

‘To test the applicability of equation (2.22), they plotted 1/r as

a function of l/pCoz at the three temperatures and obtained three

straight line.
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Fig. 2.8: Plot of reciprocal rate as a function of reciprocal
practical pressure of carbon dioxide at different

temperature,
Mbreover they plotted conversion as a function of reciprocal space
velocity at the three temperature. They found that conversion
increases with increase of reciprocal space velocity i.e.

conversion decreases with the increase of space velocity.
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Fig. 2.9: Plot of conversion against reciprocal space velocity
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They conclude that at higﬁer reciprocal space velocities the
residence time apparently was too high to give higher conversion
rate.

Clang and Hopper {(15) used nickel catalyst supported on
Kieselguhr with a granule size 0.07-0.1mm, They investigated over
a temperature range 276°C to 318°C and a total pressure from 155 to
250 psig. A range of space time from 0.03 to 0.2(h) (g of c&t.)/ft:i
and a range 6f volume percent cafbon dioxide in the feed from 17 to
33% they used, |

The authorsrpresented their experimental results plotting of
conversion as a function of reciprocal space velocity for total
pressures of 100, 155,200 and 250 psig with feed ratio Hz/COZ = 4:1.-
Similar plots for }%/coz of 2:1, 3:1, 4:1 and 5:1 with total

pressure 250 psig were also presented.

o : &)
© 2§0 psiy s 1 O Hy/en = 5y
..g- D Mo F’:'i ‘g‘ [1 H‘/CDL-“‘
e ::zg::? £ |a Hy/ COp= 3140
gﬂ 9 U5 ¢ u e 2t
: -
N U
o
S S
T Hy /€0, = 4:1 T Press = 250 psig
® —> Space Time (hr-am/ﬂ‘) . ~——> Spacé Time (he-gm/58)

Fig.2.10:Plot of carbon diqxide conversion against space time.
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They found that conversion of COy increases with the space time for
both cases. Their conclusion synchronized with that of Herwi jnen
and et. al (6) mentioned earlier.

J.N. Dew et. al(14) étudied hydrogenation of carbon dioxide on
nickel kieselguhr catalyst. They reduced the catalyst at a bressure
of 30 atmosphere and a temperature of 320°C for 48 hours. They used
a feed gas containing 20% Cozand 80% hydrogen and a pressure of 30
atmosphere to determine the effect of temperéture on reaction rate,
They increased the temperature incrementally starting from 193°C
(380%” until the maXximum rate in methane formation had been
covered. The temperature was then decreased incrementally to
observe the thermal deactivation resulting from high temperatures.
They presented the obtained results as a plot 6f reaction rate as

catalyst temperature as shown in Fig. 2.11.
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Fig., 2.11: Plot of reaction rate against catalyst temperature
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They obtained a maximum reaction rate at 426%)(800%U and this
maximum reaction rate continued upto 515°%C (950°%) and then
decreased. During decreasing of température from a maximum of 665°C
(1230°%) they observed that a threshold temperature does not exist,
Théy conclude that the resistance to diffusion of the reactants
in£6 the catalyst pores consumes some of the driving potential for
the over-all reaction. This resistance may become appreciable for
small catalyst pores. The diameters of the catalyst pores decreased
in size during exposure to higher temperatures. The effect éf
smaller pores on rate of reaction would be somewhat equivalent to
the effect of lower total pressure since in either case the
effective partial pressures of the reactants at the reaction sites

would be lowered.
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CHAPTER THREE

EXPERIMENTAL

3.1 Apparatus

3.1.1 Description of the experimental setup

The main part of the experimental setup is the reactor tube,
which is di?ided into two sections. Between the two sections there
are two mild steel distributor plates, one o;-top of the other.
Each plate has a good number of 1T mm size holes. The holes are
drilled in such a way that when the two plates are put in place,
the holes in the two plates are staggered without any overlabping.
Between the two distributor plates,a thin aluminum foil gasket is
rlaced to allow the reacting gas mixture to flow from the lower
plate to the upper plate. As a result of this arrangement adequate
fluidization can occur in the reactor. The heating of thé reactor
is éccomplished by use of a heating coil around the reactor. A
thermocouple was introduced through a hole in the wall of the
reactor tube just above the distributor plate. femperature control
was achieved by the help of a temperature controller connected to
the heating coil.

The reactor top has been widened to arrest the catalyst
particles which may get entrained in the gas stream. Catalyst was
introduced into the reactor from the top through a hole which was
kept closed during operation of the reactor. The fluid stream exits
the reactor via a 0.25 inch diameter tube connected to the top of

the reactor. A small 0.25 inch diameter tube was connected to
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this exit line for sampling of preoducts.

Hydrogen, nitrogen and carbon dioxide gases used in the study
were obtained from Bangladesh Oxyéen Limited. Streams from
hydrogen, nitrogen and carbon dioxide lines were mixed in the
mixing section béfore entry into the fluidizing zone. Product gases
were analysed by a Shimadzu gas chromatograph. For the given
catalyst size, particle Reynolds number wag 4.6. The schematic
diagram of the experimental setup is shown in Fig. 3.1i. A

photograph of the experimental setup is also attached.

3.1.2 Distributor plate

The distributor consisted of two circular plates of egqual

dimension. The plates were three inches in diameter, one-eighth

inch in thickness and had a large number of holes drilled into
them. The holes were 1 mm in diameter. The hoies were drilled in
such a way that when the two platés were put in place, the holes in
the two plates were staggered without any overlapping. A thin
aluminium foil was placed between the plates. This served as a
gasket and also provided a gap for the passage of gas. This
arrangement of the plates had to be adopted because the catalyst
particles were in the size range 170-200 mesh whereas the smallest
available drill bit was 1/8 inch. The drilled holes were therefore
too large for the catalyst particles. The two plates with their

dihensions are sketched in Fig. 3.3A and 3.3B.
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Fig. 3.3B: Lewer Distributer Plate.
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3.2 CATALYST

3.2.1 Preparation of catalyst

Alumina supported nickel catalyst is widely used for
methanation reactions. In this work a 20% (w/w) of Ni—Alfﬁ was
prepared by the method of impregnation. 99.03 gm nickel nitrate
(Ni(NOa}a.fHHO) was taken in a beaker. Distilled water was added in
an amount suchrthat the resulting liquid volume was Just enough to
wet the support up to the point of incipient wetness., Alumina was
then added into thét nitrate solution with constant stirring of the
slurry. When all the alumina was wetted the preparation was dried

at 120°% for sixteen hours.

3.2.2 Calcination
The dried precursor of the catalyst was calcined in flowing
nitrogen by the following steps:
(a) The catalyst and precursor were loaded into the reactor,
{b) Nitrogen was introduced at 100 ml/min.
{c) Temperature of the catalyét bed was raised to 120%
and kept there for two hours.
{d) The temperature was then raised to 400%,
{e) At this . temperature the catalyst was calcined for sixteen
hours.
(f) The calcined catalyst was cooled to room temperature under

nitrogen flow.
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3.2.3 Reduction
The oxide form of the catalyst obtained by calcination is
usually reduced to the active metal state by flowing hydrogen or
hydrogennnitrogen mixture at elevated temperatures. A considerable
excess of hydrogen is required to sweep away the product water. In
this study reduction was carried out in situ in the reactor and the

following sequence was employed:

(a) A flow of 160 ml/min of a hydrogen : nitrogen mixture
7{ratio 3:1) was used. On a few occasions hydrogen was used
instead of Hz—szixture.

(b) Temperature was raised to 120% and held there for two
hours,

{c) The temperature was then raised té 400°C and maintained
for sixteen hours.

(d) The reduced catalyst was cooled under a reducing

atmosphere i.e. either hydrogen flow or H2—N2 flow.

3.3 REACTION_RUNS

On completion of reduction of the catalyst the reducing stream
was replaced by the reactant stream of desired composition. The
reactor bed was then fluidized by increasing the flow rate. When
the desired flow rate was achieved the temperature was set to the
desired level. Several chromatograms of the reaction Products were
then recorded. This procedure was repeated for all the reaction

runs by varying the flowrate, composition or temperature.

~
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CHAPTER FOUR

RESULTS & DISCUSSION

Methanation of carbon dioxide in fluidized bed reactor was
carried out varying several parameters. Firstly, at constant
temperature and with the same inlet composition, effect of
variation of feed flow rate on the conversion.oflcarbon dioxide was
studied. Bed temperature was maintained at 240°C and the inlet COz
composition was 6%. Prior to methanation runs the catalyst was
reduced in hydrogen at 400°C for 16 hours. Feed flow rate was
varied from 424 ml/min to 1192 ml/min corresponding to superficial
velocity of 1.4 cm/sec to 4.0 cm/sec. In the above range of inlet
flowrate, it was found that the conversion of carbon dioxide is
virtually unaffected. The plot of %CO2 conversion vs. inlet
flowrate (Fig. 4.1) shows a conversion of 71.4% in the above flow
range. The same experiment was conducted on a catalyst reduced with
a mixture of hydrogen and nitrogen in the ratio of 3:1 and similar
results were obtained as shown in Fig. 4.2.

This result gives the idea that change of inlet flow rate ji.e.
-the average space velocity has no effect on the conversion of
carbon dioxide. It is found from the study of Debruijin et. al (1)
that.with tﬁe increase of 1inlet flow rate i.e. space velocity
converslion decreases gradually in a fixed bed reactor. In that
case, at high space velocity the ratio of mass transport through
the ehannel to mass transport by diffusion into the catalyst is

relatively high, resulting in low carbon dioxide conversion. But in
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fluidized beds, catalyst particles cover more volumes with larger
height with the increase of flow réte. As a result, though
residence time depreases gas molecules can get more time to coming
contact with catalyst particles due to the increased volume of
catalyst bed.

From the above result it is also found that reduction of
catalyst with hydrogen at 400%C gives the same result. This is
presumably because of the long duration of reduction, during which
time the degree of reduction with pure hydrogen and 3:1 mixture of
. hydrogen-and nitrogen may well be the same.

To study the effect of inlet carbon dioxide concentration on
conversion, inlet carbon dioxide concentration was varied in the
range of 2.6% to T7.8% at constant temperature and flow rate.
Temperature was again maintained at 240°%. Carbon dioxide
conversion was 77% at 2.6% inlet CO, concentration and this
conversion decreased with 1increase of inlet COz concentration.
Carbon dioxide conversion decrgased to 67.8% when inlet CO,
concenfration was 7.8%. This resuit:is shown in Fig. 4.3.

From the study of Debuijn et. al. (1) it is found that at
224%3(497°K) bed temperature and 0.10 m'/h space velocity conversion
of CO, is 92%, 87% and 58% for inlet CO, concentration of 0.19%,
0.58% and 2.56% réspectively. Van Herwijnen and et. ai (6} used
2.38% inlet COy concentration, 230°C bed temperature and obtained

60% CO2 conversion for reciprocal space velocity of 50 (g.h/mol
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COy). Dew et. al (14) used 20 to 30% carbon dioxide in the feed and
they obtained carbondioxide conversion 10 to 20% only., All these
Previous work (1,6 & 14) described above clearly shows that
conversion of carbondioxide decreases with the increase of Co, -
concentration in feed. In present work the conversions of 69.5 to
77% were achieved for a variation of inlet COzconcentration from
7.8 to 2.6% at arflow rate and temperature 450 ml/min and 240°%
respectively. This is shown in fig, 4.3 and indicates that the
observed behaviaur is similar to those obtained in fixed-bed
reactors under essentially similar operating conditions (1,6).
This is due to the faét that with the increase of COZ in the feed,
the ratio of H2 to COZ decreases and consequently the conversion of
CO2 should be decreased, Similar results have been reported in
fixed bed reactors (Fig. 2.10).

To study the effect of temperature another seriesg of

CO, concentration was 2.6% and flow rate was 616 ml/min. Conversion
of(K% was plotted against temperature as shown in fig. 4.4, It is
found that with the increase-of temperature, conversion gradually
increased upto 240°% but after 240°C the rate of increase was lower,
At 210°c, 240% & 250% conversion was 65.2%, 77% and 79.6% whereas
at 300°Clconversion was 80.6%. The experiment was repeated at an
inlet C02 concentration of 3.6%, the flow rate being same as
before. Similar results were obtained; at 210%, 240%% & 250°C

conversion was 64.6%, 74.7% and 76% respectively whereas at 300°%
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conversion was 78.53%, which is shown in fig. 4.5.

From the results presented {(fig. 4.4 and fig. 4.5) with
temperature it is found that conversion of CO, increases
monotonically up to a certain level then becomes constant. This
isdue to the facf that although diffusion of the reactants into the
catalyst pores and reaction rate both increases with temperature
the increase of the latter is much more rapid than the former
because of the fact the reaction rate increases exponentially with
temperature whereas pore diffusion increase only as

1“. For this reason at the higher temperatures,

{temperature)
diffusion resistance consumes more and more of the driving
potential for transport of the reactants into the catalyst pores.
As a result diffusion rate becomes controlling at the higher-
temperatures.

A series of experiments for methanation of COz were carried
out with unreduced catalyst. Calcined catalysts were used for the
experiment, the reaction was started with 300% bed temperature,
2.6% inlet CO, concentration and hydrogen to nitrogen flow ratio
3:1. Chromatographic data regarding fhe experiment, to determine
outlet composition were collected at one hour intervals. Conversion
of Cozwas calculated fqr each run and was plotted against time of
operation. This result is shown in fig. 4.6. It is found from this
plot that conversion sharply rises to 42.2% within the first hour
of operation, then it gradually increases up to 77% within the
seventh hour of operation. After Séven hours, the rate.of increase

becomes slower and becomes constant after about 11 hours. This
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result gives the idea that during the first seven hours reduction
occurs very rapidly and as reduction proceeds, consequent higher
conversions, are achieved. In this pericd i.e. in the first seven
hours most of the NiO is reduced and the remainder, presumablyva
small fraction is reduced in the subsequent four hours, whi;h
explains the lower rate of increase of conversion during this
period. After 11 hours conversion was 80.6% which is identical with
the conversion obtained frém the reaction carried out using same -
parameters and conditions but with a pre-reduced catalyst. One may
conclude from this study that the time required for complete
reduction of catalyst is much less than the 16 hrs used in this
Study. Furthermore, this time may well be even less than 11 hrs.
With a view to flndlng out activation energy (Ea) of the
catalyst log of conversion agalnsr reciprocal temperature i.e.
In x vs. 1/T was plotted. According to the Arrhenius equation
activation energy is obtained from a plot of 1n k vs. 1/T. In this
experiment a simplification has been made by reducing this plot to
a plot of 1In x vs. 1/T. This is possible by assuming zero order
reaction. The most widely used kinetic equation for methanation is
of the form r = (ksz)/(1+KP sz). In the temperature range of this
study KP is very large ( = 101 atm4) so that for the concentration
range of .this study Kﬁ%n is of the order of 10° i.e. K#ﬁo >>» 1,

Hence the above equation reduces to r = k/Kp which is zero order.

The plot of 1ln x vs. 1/T is derived as follows:
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Or, xCj = ¢ - ¢y
for a zero reactlon

- = kt
Xin'—‘f(ué

= A exp(~Ea/RT)t
Or, 1lnx +1nc =1nA -Ea/RT + lnt.

In this experiment the time was not ; variable parameter.Hence g
pPlot of 1nx vs. 1/T would be a straight line with & slope = -Ea/R.

From this plot a2 straight line was obtained in the
temperature range 210-250°C. From the slope (= ~Ea/R), the
activation energy was found to be 2.54 kcal/gmol. In the literature
(9) reported activation energy for carbon dioxide methanation on
nickel catalyst is 7 kcal/gmol for sufficiently low concentrations
of COz in the reaétant stream. In the present study, however, the
carbon dioxide concentration was 2.6-3.¢6% which ig relatively high
compared to industrial conditions. Since the rate constant is
dependent on the concentration of C0; , the activation energy will
also depend on quconcentration At higher temperatures (250-~300°C)
deviation from linearity is observed in the plot_of Inx vs. 1/7T.
This deviation may be attributed to the possible influence of mass
transfer limitationsg at the high temperatures. For the very small
partlcle size of catalysts used in this study it would appear that
pore diffusion effects should be negllglble However using the same
alumina Support and a 20% Ni loading Ahmed (16) found that the pore
size distribution of such a catalyst showed two peaks, one of which
was in the small mesopore region. In such a case, pore diffusion
resistance for the 50/nn size catalysts used in this study cannot

be ruled out.
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CHAPTER FIVE

CONCLGSION AND SUGGESTIONS
5.1 Conclusions

a} Conversion of carbon-dioxide does not vary in the flow
range of 424 - 1192 ml/min for the reactor and bed height
used in this work.

b) There is a significant effect of temperature on conversion
of carbon dioxidé. Starting from 210%, conversion
incréases gradually up to 240%, after which.the. increase
rate is sluggish. Beyvond .300%3 the conversion is
constant.

¢) Conversion of carbon dioxide decreases with increase in
carbon dioxide concentration in the reactant mixture at
constant temperature,

d} Time required for complete reduction of catalyst is much
less than the 16 hours used in this study. In fact, this

time may well be less than 11 hours.

5.25uggestions for future work

This investigation was preliminary in nature whose aim was to study
methanation of carbon dioxide in a fluidized bed. Methanation is an
important industrial reaction which is at present being conducted
in fixed beds. The methanation of carbon dioxide in fluidized bed
can be considered as an alternative. This study has furnished some
information but very limited to evaluate fully the performance of

a fluidized methanator. The results of the prresent work peints to



(c)

(d)

investigated.

Catalyst weight should be changed to find out the effect
of bed height on conversion.,

Good experimental data is\‘ needed to model fluidization
for CGy, methanation.

With an aim to design fluidized bed reactors, par?metErs

relevant to reactor design may be evaluated by 'combinin‘g.".

experimentd; investigation with model building. .



7

61

NOMENCLATURE
Concentration, gmols/cmt
Mols of product, gmols.
Mols of reactant, gmols.

Heat capacity, cal/gmol.’C.

Concentration in cloud and in void, gmols/cms.

Diameter of particle, micron,
Activation energy, kcal/gmol.
Feed rate, gm/sec.

Gravitational force, cm/secz.

Equilibrium constant for carbon dioxide, atm,

Rate constant, cmﬂ/gcat.sec.

Bed height, mm;

Bubble'velocity, cm/sec.

Reaction rate, gmols/gm.cat.sec.
Interstitial gas velocity, cm/sec.

Terminal settling velocity, cm/sec.

Superficial fluid velocity for fluidization, cm/sec.
Minimum fluidization velocity, cm/sec.

Volumes of bubble cloud and void, cma.

Mass of catalyst in reactor, gms.
Cpnversion, gmols/gm of feed.

Density of fluid, gm/cmt
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Density of particle, gm/cmy
Viscosity, cp.
Void fraction

Ratio of bubble velocity to intersticial gas velocity

Spherical constant.
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"~ APPENDIX

Table 7.1A: Collected data varying flow rate at const. temp. and

composition.
Run No. Temp. Compo- Flow rate % volume Total flow
(%) nent (ml/min) rate {ml/min}
CO, 24 5.7
1 240 H, 300 70.7 424
N, 100 23.6
CO, 36 6.0
2 240 Hy 420 70.5 , 596
N, 140 23.56
002 48 6.0
3 240 H, 570 70.5 808
Ny 190 23.5
_ co, 60 6.1
4 240 H, 690 70.4 980
Ny 230 23.56
€O, 72 6.0
5 , 240 H, 840 70.56 1192

N, 280 23.5
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Table 7.1B: Collected data varying flow rate at const. temp. and

composition.'Catalyst was reduced with hydrogen only.

Run Peak COLUMN-2 , COLUMN=1
No. position K, N, CH, co (Hy+N,+CH +CO)  CO,
Atn! 32 256 32 2.0 512 8.0
1 Ph? 63 40.2 52.8 37.5 32.5 49.3
Pw! 2.0 6.8 6.0 5.5 11.0 13.0
Atn 32 256 32 2.0 512, 8.0
2 Ph 84.4 51.5 71.3 49.8 43.5 63.3
Pw 2.0 7.0 6.5 5.5 11.0 13.5
Atn 64 256 32 ‘2.0 512 16.0
3 Ph 57.9 64 89.7 60 58 43.9
Pw 2.0 7.5 7.0 6.0 i1.0 12.5
Atn. 64 256 64 2.0 512 16.0
4 Ph 79.7 80 70.8 68.5 69.5 56 .4
Pw 2.0 8.0 6.0 6.2 11.8 13.0
Atn. 64 256 64.0 2.0 512 32.0
5 Ph 94.2 97 84.4 73.5 92 38.9

Pw 2.2 8.8 6.7 6.5 12.0 12.0

1 Attennation.
2 Peak height.
3 Peak height at half height.



Table 7.1C: Calculated data of the collected data varying flow rate at const. temp.
& composition.

L9

Run Coln. - Component K Area X Volume % Volume Component %CO,
No. : (dry in outlet flowrate conver-
basis) (dry {(mi/min) sion
basis)
H2 36 145152 64.30 62.89 207.4
1 2 N 1.0 69980.16 31.00 30.32 100.0
C ' 1.0 10137.6 . 4.49 4,39 14.48
CO 1.1 3466. 1256 0.21 0.21 0.69
(H2+N +
CH4+C ) 1.0 183040 97.81
1 002 0.8 4107.76 . 2.19 2.19 7.2 70
H2 36 194457 .6 64,35 62.95 295.0
2 2 N 1.0 92288 ‘ 30.54 29.87 140.0
C i 1.0 14830.4 4.91 4.80 22.5
- CO 1.13 619.0 0.20 0.20 0.94
{H g N+
CH +C&) 1.0 244992 97.82
i C02 0.8 5469.12 2.18 2.18 10.22 71.6
HE 36 266803, 2 65.00 63.64 412.7
3 2 N 1.0 122880 29.83 29.30 180.0
C 4 1.0 20092.8 4,89 4.79 31.1
CO 1.13 720.0 0.18 0.18 1.17
(Hy+N,+
CH4+06) 1.0 3165392 97.9
1 002 0.8 7024 2.1 2.10 13.62 71.6




% Volume

Run  Coln. Component Kg Area % Volume Component %CO,
No. (dry in outlet flowrate conver-
basis) (dry (m1/min) sion
basis)
H2 36 367257.6 65.67 64.23 512.45
4 2 N 1.0 163840 29.30 28.66 230.0
Ch4 1.0 27187.2 4,86 4,75 38.12
CO 1.13 959.82 .17 0.17 1.38
(Hy+N,+
CH+CO) 1.0 419891.2 97.81
1 co, 0.8 9384.96 2.19 2.19 17.58 70.
Hy 36 477480.96 65.12 63.77 611.9
N 1.0 218521.6 29.80 29.18 280.04
5 2 CE-I4 1.0 36190.72 4,94 4.84 46.44
: co 1.13 1079.7158 0.15 0.15 1.44
(Hy+N,y+ .
CH,+CO) 1.0 565248 97.93
1 co, 0.8 11950.0 2.07 2.07 19.86 72,

89
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TABLE 7.2A: COLLECTED DATA VARING FLOW RATE AT CONST. TEMP
COMRO 4ienn .

AND QOM%E;ITI@N.
Run Temp. Component Flow rate % Volume Total flow
No. (%c) {ml/min) rate (ml/min)
002 24 5.7
1 240 H, 300 70.7 424
Nz 100 23.6
' co, 36 6.0 :
2 240 H, 420 70.5 596
N, 140 23.5
3 240 H, 570 70.5 808
N2 190 23.5
CO, 60 6.1
4 240 Ha 690 70.4 980
Nz 230 23.5
CO, 72 6.0
5 240 H, 840 70.5 1192

N, 280 23.5
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Table 7.2B: Collected data varying flow rate at const. temperature
and composition. Catalyst was reduced with thé gas
mixture of hydrogen to nitrogen ratio of 3:1.

Run Peak COLUMN - 2 COLUMN - 1

No. posi- ———-meom e
tion HZ NZ - ‘ C}14 CO (H2+NZ+CH‘+CO) COz
Atn. 32 256 32 2.0 | 512 8.0

1 Ph 62.7 42.0 51.1 38 32 48
Pw 2.0 6.5 6.2 5.5 11.0 12.5
Atn. 32 256 32 2.0 , 512 8.0

2 Ph 83 52 70.8 48.5 43 | 64.8
Pw 2.0 7.0 6.6 5.5 11.0 13.4
Atn. 32 256 32 2.0 512 16

3 Ph 91.4 65 90.9 53.6 55 . 47.9
Pw 2.5 7.5 7.0 6,0 11.5 12.0
Atn. 64 256 64 2.0 512 16

4 Ph 76.6 80.1 66.2 63.5 70.5 54,1
Pw 2.0 1.8 6.5 6.4 12 13.4
Atn. 64 256 64 4.0 512 32

5 Ph 89.5 95.0 81.0 49.3 87,84 39.4

Pw 2.3 8.8 7.0 5.5 12.56 ©12.0
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TABLE 7.2C: CALCULATED DATA FROM COLLECTED DATA/AT CONST. TEMF. AND COMPOSITION.

Run Coln. Component Kp Area % Volume % Volume Component %C0,
No. A (dry in outlet flowrate conver-
' bhasis) (dry (ml/min) sion
basis)
‘ H, 36 14460.8 64.2 62.88 206.7
1 2 Ny 1.0 69388 31.07 © o 30.42 100.0
CH; 1.0 10138. 24 4,51 4.41 14.5
co 1.13 &472.34 0.21 0.21 Q.7
1~ (Hy+Ny+CH{+CO) 1.0 180224 97.91
Co, 0.8 3840 2.09 2.09 6.87 71.4
i 36 191232 63.81 62.38 287.3
2 2 Ny 1.0 93184 31.10 30.40 140.0
CH; 1.0 14952.96 4.99 4,88 22.5
Cco 1.13 301.43 0.10 0.10 0.5
1 (Hy#N,+CH+CO) 1.0 262176 97.76
o, 0.8 5557.25 2.24 2.24 10. 31 71.36
H, 36 263232 64.74 62.91 400.8
3 2 N 1.0 124800 30.50 29.82 190.0
Cﬁi 1.0 20361.6 4,98 4.87 31.03
Co 1.13 726.82 0.18 0.18 1.2
1 (Hy*Ny+CH+CO) 1.0 323840 97.78
co,; ‘0.8 7357.44 2.22 2.22 14.14 70.54

L1



Run Coln: Component Ky Area % Volume 2% Volume Component &C0,

No. . (dry in outlet flowrate conver-
basis) (dry (ml/min) sion
basis)
H, 36 352972.8 65,20 63.83 507.6
4 2 N 1.0 159943.6 29.54 28.92 230.0
Cﬂ* 1.0 27539.2 5.09 4.98 39.6
Co 1.13 918.50 0.17 0.17 1.35
1 (Hp+N,+CH +CO) 1.0 433152 97.90
COZ 0.8 9296.38 2.10 2.10 16.7 72.2
Hy 36 474278.4 65.34 63.96 620.1
5 2 N, 1.0 214016.0 29.49 28.88 280.0
CHt 1.0 36288.0 5.0 4.89 47 .41
co 1.13 1225.6 0.17 0.17 1.65
1 (HpN,+CH+CO) 1.0 562176 97.89
COz 0.8 12103.68 2.11 2.11 20.46 71.62

2L
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TABLE 7.3A: COLLECTED DATA VARYING COMPOSITION AT CONST. TEMP.

Run Temp. Flow rate Flow rate Flow rate % Volume of
No. (%) Hz(ml/min) of Nﬁ(ml/min) of COZ(ml/min) CO,

1 240 450 150 16 2.6
2 240 450 150 20 3.2
3 240 450 150 22.5 3.6
4 240 450 150 29 4.6
5 240 450 150 39 6.1
6 240 450 150 44 6.8

7 240 450 150 51 7.8
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TABLE 7-3B: COLLECTED DATA VARYING COMPOSITION AT CONSTANT TEMP.
AND FLOW RATE.

Run Peak COLUMN - 2 COLUMN - 1

No. Posi-
tion

H, N, CH, co (Hy+N,+CH, +CO)  CO,

Atn. 32 256 16.0 2.0 512 4

1 Ph 80.2 50.0 71.0 36.5 40.2 49.6
Pw 2.0 6.9 5.5 . 5.5 11.0 13.0
Atn. 32 256 16 2.0 512 4

2 Ph 79.2 51.0 86.8 35.5 40,0 53.7
Pw 2,0 6.9 6.0 5.5 11.0 13.0
Atn. 32 256 16 2.0 512.0 4.0

3 Ph 74,2 49,4 92.8 38.0 41.0 65.80
Pw 2.0 6.9 6.0 . 5,5 11.0 13.5
Atn. 32 256 32 2.0 512,0 8

4 Ph 74.2 49 53.2  38.2 42.5 48.7
Pw 2.0 6.9 7.0 5.5 11.0 12.7
Atn. 32 256 32 2.0 512 8

5 Ph 68.6 49.0  69.6 41.0 43,0 68.8
Pw 2.0 6.9 7.0 5.5 11.0 13.5
Atn. 32 256 32.0 2.0 ¥ 512 8

6 Ph 66.6 48.6 76.4 42.0 43.5 78.3

Pw 2.0 6.9 7.0 . 6.0 11.0 13.0




TABLE 7-3C: Calculated data from collected data var_‘jri'ﬁg composition at constant temperature.

-

Run Coiumn Component -KP Area ZVolume ZVolume Component %Co,

No. ' in each in outlet flowrate conver-
colm. (dry {(dry {ml/min) sion
basis) basis) ‘

H, 36 194227.2 65.92 65.41 312.67
1 2 N 1.0 93184.0 31.62 31.38 150.00
C%i‘ 1.0 6820.0 2.31 2.29 10.95
CO 1.13 422.62 0.14 0.14 0.69
1 (Hy+N,+CH +CO) 1.0 222664 99.23 ' |
CO: 0.8 1732.0 0.77 0.77 3.68 77
~J
HZ 36 182476.8 64.86 64,22 303.78 ‘w
2 2 NZ 1.0 90080.4 32.02 31.71 150.00
: CH, 1.0 _ 8332.8 2.96 2.93 13.86
Cco 1.13 441,265 0.16 0.16 0.76
1 (Hy+Ny+CH+CO) 1.0 225280 99.02
? 0.8 2233.92 0.98 g.98 4.64 76.8
H, 36 172108.8 64.04 63.26 295.88
3 - 2 N, 1.0 87260.16 32.47 32.07 150.00
cf, 1.0 8908.8 3.31 3.27 15.29
co 1.13 472.345 0.18 0.18 0.84
1 (Hy+Ny+CH+CO) 1.0 230912 98.78 :
002 0.8 2844.,72 1.22 1.22 5.7 74.7




Run Column Component Kp Area TVolume *Volume  Compo- xCo,

9L

No. in each in outlet nent flow conver-
colm. (dry (dry {ml/min) sion
basis) basis)

Hy 36 170956.8 63.35 62.31 296.53
4 2 N, 1.0 86553.6 32.05 31.53 150.00
‘ CH; 1.0 11916.8 4.42 4.35 20.70
co 1.13 : 472,34 0.17 0.17 70.8
€0, 0.8 3958.33 1.64 1.64 7.8 73.1
H, 36 158054.4 60.63 59.17 274,03
5 2 N 1.0 86553.6 33.20 32.40 150.00
C i 1.0 15590.4 5.98 5.84 27.04
Co 1.13 509. 64 0.19 0.19 0.88
1 (Hp#N,+CH+CO) 1.0 242176.4  97.60 |
Co;, 0.8 5948.83 2.40 2.40 11.11 71.5
HZ 36 153446 .4 59.73 58.07 268.3
6 2 N; 1.0 85847 .04 33.40 32.43 150.00
CH, 1.0 17113.6 6.65 6.46 29.88
co 1.13 569.52 0.22 0.21 0.97
1 (Hy+N;+CH+CO) 1.0 264992 97.10
COz 0.8 7316.33 2.90 2.90 13.41 69.52
- H, 36 15275524 59.43 57.33 267.6
7 2 N 1.0 85670.4 33.32 32.14 150.00
’ Ch‘ 1.0 18076.8 7.03 6.78 31.64
Cco 1.13 573.58 6.22 0.21 .98
1 (Hy#N,+CH,+CO) 1.0 29446.4  96.46
€oy 0.8 9152 3.54 3.54 16.52 67.62
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Table 7.4.A: Collected data varying temperature at constant
composition and flowrate,

Run No. Component Flowrate{ml/min) %volume

1 to 6 GO, 16 2.6

H, 450 73.1
N, 150 24.3

Table 7.4B: Collected data varying temperature at const.
composition .and flow rate.

Run Temp. Peak  COLUMN - 2 COLUMN - 1
No. (%) Position H, N, CH, €O (H,+N,+CH+CO) CO,
Atn. 32 256 16 2.0 512 4.0
1 210 Ph 75 47 56.3 39 41.5 61.6
Pw 2.0 6.5 5.0 5.6 11.0 13.5
Atn. 32 256 16 2.0 512 4,0
2 220 Ph 79,7 49 65.1. 38 40.8 57.0
Pw 2.0 6.9 5.0 5.5 11.0 13.4
Atn. 32 256 16 2.0 512 4.0
3 230 Ph 80.2 50 71.0 36.5 40.2 49.6
Pw 2.0 6.9 5.5 5.5 11.0 13.0
Atn. 32 256 16 2.0 512.0 4.0
4 240  Ph 84.3 52 77.5 34 39.5 43.3
. Pw 2.0 7.0 5.5 5.5 11.0 12.5
Atn. 32 256 16 1.0 512 4.0
6 250 Ph 87.5 54,7 81 14 39.0 40.0
Pw 2.0 7.0 6.0 6.0 11.0 12.0
Atn, 32 256 16 1.0 512 4,0
6 300 Ph 88.4 57.5 89.8 41 37.0 36.6

Pw 2.0 7.0 6.0 6.0 11.0 12.0




Table 7.4C: Calculated data from collected data varying temperature at constant composition.:

Run Column Component kg Area Zvolume Zvolume Component ’ 1002
No. . in each in out- flow rate conv-
column let in outlet ersion

(dry basis) (dry basis) (ml/min)

6 172800 67.50 ' 66.74 331.38

H2 3
1 2 N, 1.0 78208 30.55 30.21 150.0
CH, 1.0 4500 1.76 1.74 8.64
co 1.13 493.584 0.19 0.19 0.9
1 (Hy+Ny+CH +CO) 1.0 233728 98.88 '
Co, 0.8 2661.12 1.12 1.12 5.56 65.25
H, 36 183628 66.56 65.85 318.28
2 2 N, 1.0 86553.6 31.38 31.05 150.0 3
ch, 1.0 5208 1.89 - 1.87 9.03
co 1.13  472.38 0.17 0.17 0.82
1 ( Hy+N,+CH+CO) 1.0 229785.6 98.95
| Co, 0.8 2444.16 1.05 1.05 5.07 68.3
Hy 36 184780.8 66.04 65.45 313.76
3 2 N, 1.0 88320 31.57 31.29 150.0
CH, 1.0 6248 2.23 2.21 10.6
co 1.13  453.69 0.16 0.16 0.77
1 (Hy+N,+CH,+C0) .

.0 226406.4 99.10
8

1
€0, 0. 2063.36 0.90 0.90 4.31 73.0




Run Column Component k; Area %volume Zvolume Component xCo,

No. in each in out- flow rate canv-
column let in outlet ersion
(dry basis) (dry basis) (ml/min) :

H, 36 194227.2 65.92 65.41 312.67
4 2 N 1.0 93184 31.62 31.38 150.0
ch, 1.0 6820 2.31 2.29 10.95
co .13 422.62 0.14 0.14 0.67
1 (Hy+Ny+CH +CO) 1.0 222464.4 99.23
cd, 0.8 1732 0.77 0.77 3.68 - 77
Hy 36 201600 65.51 66.067 308.4 3
5 2 N, 1.0 98022.4 31.86 31.64 150.0
CH, 1.0 7776 2.53 2.51 11.90
co 1.13  298.32 0.10 L 0.10 0.47
1 - (Hy+Ny+CH,+CO) 1.0 219648 99.31 |
co, 0.8 1536 0.69 6.69 3.27 79.6
| H | 36 203558.4 64,52 64.09 296.35 O
6 2 N, 1.0 9103040 32.66 | 32.44 150.0
cH, 1.0  8620.8 2.73 2.71 12.53
co .13 277.98 0.09 0.09  0.42
1 (Hy+Ny+CH+CO) 1.0 208384 99.33
to, 0.8  1405.44 0.67 0.67 3.1 80.6
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Table 7.5A: Collected data varying temp. at const. composition and
flow rate,

Run No. Component Flowrate(ml/min) %volume

1 to 6 Co, 22.5 3.6
o, 450.0 72.3
N, 150.0 24.1

Table 5B: Collected data varying temperature at const composition
and flow rate.

Run Temp. Peak COLUMN - 2 COLUMN - 1

No. (%) Position H, N, CH, co (}%+N2+CH4+COI CO,
Atn. 32 2586 16.0 2.0 512 4.0

1 210 Ph 73 46.5 74,2 41.5 42.5 78.1
Pw 2.0 6.8 5.5 5.6 11.0 15.0
Atn. 32 256 16 2.0 512 4,0

2 220  Ph 74 47 78.7 40.5 42.5 77.9
Pw 2.0 6.9 5.7 5.6 11,0 13.4
Atn. 32 256 16 2.0 512 4.0

3 230 Ph 75.2 48.5 80.9 39 41,8 73.2
Pw 2.0 6.9 6.0 5.6 11.0 14.0
Atn. 32 258 16 2.0 512.0 4.0

4 240 - Ph 74,7 49.4 92,8 38 41.0 65.85
Pw 2.0 6.9 6.0 5.5 11.0 13.5
Atn. 32 256 16 2.0 512 4,0

5 250  Ph 76.7 50.5 93 36.4 41.0 62.0
Pw 2.0 6.9 6.0 5.5 i1.0 13.5
Atn. 32 256 16 2.0 512 4.0

6 300  Ph 78.4 52.2 97.5 34 39.4 56

Pw 2.0 6.9 6.0 5.5 11.0 13.0




Table 7.5C: Calculated data from collected data ‘va;:y;nc_;'.tempergﬁuré -at constant composition.

Run Column Component kg Area Zvolume Zvolume Compo- %C0,
No. ' in each in out- -nent flow conv,
column let rate in
{dry basis) {dry basis) outlet
: (ml/min)
Hy 36 168192 65.65 64.57 311.63
1 2 Ny 1.0 80947.2 31.60 31.08 150.0
CH, 1.0 65.29.6 2.55 2.51 12.11
co 1.13 525.22 0.20 0.20 G.96
1 (H2+N2+CHi+CO) 1.0 239360 98.35 :
) COz 0.8 4022.56 1.65 1.65 7.96 64.6
Hg 36 170496 65.27 64.26 308.18
2 2 N , 1.0 83020.8 31.78 31.29 150.0
CH, . 1.0 J177.44 2.75 2.71 12.99
co 1.13 512.57 .20 0.20 0.96
1 (H2+N2+CH‘+CO) t.0 239360 98.46
2 0.8 3748.8 1.54 1.54 7.38 67.2
H, 36 172800 64.78 63.89 302.5
3 2 N 1.0 85670.4 32.12 31.68 150.0
CH, 1.0 7766.4 2.91 2.87 13.59
co 1.13 493.58 0.19 0.19 0.90
1 (H2+N2+CH§+CO) 1.0 235417.6 98.63
Co, 0.8 3279.36 1.37 1.37 +6.49 71.15

18



Run Column Component kp Area Zvolume %volume Compo- ZCo,
No. in each in out- nent flow conv.
column let rate in
(dry basis) (dry basis) outlet
(ml/min)
Hy 36 172108.8 64.04 63.26 295.88
4 2 N 1.0 987260.16 32.47 32.07 150.0
: CH; 1.0 8908.8 3.3 3.27 15.29
Cco 1.1 472.34 "0.18 0.18 0.84
1 (H2+N2+CH‘+C0) 1.0 230912 98.78
0, 0.8 284472 1.22 1.22 5.7 74.7
Hy 36 176716.8 64.20 63.46 297.28
5 2 N 1.0 89203.2 32.39 32.02 150.0
CH, 1.0 8928 3.24 3.20 14.99
Co 1.1 452 .45 0.16 0.16 a.75
1 (H2+N2+CH +C0) 1.0 230912 98.85
éoz 0.8 2678.4 1.15 1.15 5.39 76
H, 36 180633.6 63.91 63.25 293.82
6 2 Ny 1.0 92206 32.63 32.29 150.0
CH; 1.0 9360 3.3 3.28 15.24
co 1.1 422.62 0.15 .15 0.70
1 (H2+N2+CH‘+CO) 1.0 221900.8 98.96 ,
€0y 0.8 2329.6 1.04 1.04 4.83 78.53

¢8
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Table 7.6A: Collected data at different time as reaction proceeded.
Catalyst was not prereduce while temp and composition was

constant.
Run No. Temp. Component Flowrate(mi/min) %volume
(‘c)
1 to 12 300 COZ 16 2.6
NE 450 73.1
HE 150 24.3

Table 7.6B: Collected data at different time as reaction proceeded.
Cataltst was not prereduced while temperature and composition
was constant, -

Run Time Peak COLUNMN - 2 COLUMN — 1
Ne. (hr.) Position H2 N2 CH, CO (H2+N2+CH4+CO) COz
Atn. 32 256 16 2.0 512 4.0
1 1 Ph 70.1  45.6  34.1  35.9 30.2 71.0
Pw 2.0 7.0 6.0 6.0 1.0 13.8
Atn. 32 256 16 2.0 512 4.0
2 . 2  pnh 74.6 45.8 45.7  38.6 33.9 68.0
Pw 2.0 6.5 5.0 5.5 11.0 13.8
Atn. 32 256 16 2.0 512 4.0
3 3 Ph 74.7 236.3 50.1 38.8 . 37.0 65.5
Pw 2.0 6.5 5.0 5.5 1.0 13.5
Atn. 32 256 16 2.0 512.0 4.0
4 4 pn 75.0 47.0  56.3 39 41.5 61,6
Pw 2.0 6.5 5.0 5.6 1.0 13.5
Atn. 32 256 16 1.0 512 4.0
5 5  Ph 76.7 43.0 61.9  36.0 41.5 55.6
Pw 2.0 6.5 5.0 5.5 11.0 13.0
Atn. 32 256 6 ' 1.0 512 4.0
6 6  Ph 83.3 50.5 65.9 34.8 39.8 46.7

Pw 2.0 7.0 5.5 5.5 11.0 13.0
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Run Time  Peak COLUMN - 2 . COLUMN —~ 1
No. (hr.) Position H, Ny CH, Co (H,+N,+CH +CO)  CO,
Atn, 32 256 16 2.0 512 4.0
7 7 Ph 84.3 52.0 77.5  34.0  39.5 43.3
Pw 2.0 7.0 5.5 5.5 11.0 12.5
Atn. 32 256 16 2.0 512 4.0
8 8 Ph 85.5 53.2 75.6  26.5 39.0 41.5
Pw 2.0 7.0 6.0 6.0 11.0 12.0
Atn. 32 256 16 2.0 512 4.0
9 9 Ph 87.5 54.7 81.0  44.0 39.0 40.0
Pw 2.0 7.0 6.0 6.0 11.0 12.0
Atn. 32 256 16 2.0 . 512.0 4.0
10 10 Ph 87.7 56.0 84.8 45.8 37.0 36.6
Pw 2.0 7.0 6.0 6.0 11.0 ‘ 12.0
Atn. 32 256 16 1.0 512 4.0
11 11 Ph 88.4 57.5 89.8  41.0 37.0 . 36.6
Pw 2.0 7.0 6.0 6.0 11.0 12.0
Atn. 32 256 16 1.0 512 4.0
12 12 Ph 88.4  57.5 89.8  41.0 37.0 36.6

Pw 2.0 7.0 6.0 6.0 11.0 12.0




Column

Run Component kg Area 3$Volume $Volume Component %coi
No. in each col. in outlet flow rate Conv.
{dry basis) {dry basis) (ml/min)
s
Hz 36.00 172800.00 67.50 66.74 331.38
N 1.00 78208.00 30.55 30.21 150.00
4 Cf-l‘ 1.00 4500.00 1.76 1.74 8.64
CcO ©1.13 493,58 0.19 0.19 0.94
(HfN2+CHﬁCO) 1.00 233728.00 98.88 .
Co, 0.80 2661.12 1.12 1.12 5.56 65.25
=
HZ 36.00 161510.40 68.65 67.40 343.20
’ N 1.00 70584.30 30.00 29.00 150.00 0
5 cﬁi 1.00 4952.00 1.88 1.86 9.10 V
' CcoO 1.13 447.48 0.17 0.17 0.83
(H) +N,+CH+CO) 1.00  233728.00 39.02
COZ 0.80 2313.00 0.98 0.98 4,80 70.0
=0
H, 36.00 191923.20 66.49 65.92 318.10 —
N 1.00 90496.00 31.35 31.08 150.00
6 Cﬁi 1.00 -5799.20 2.01 1.99 9.60
cO 1.13 432.50 0.15 0.15 0.72
(H2+N2+CH4+C0) 1.00 224153.60 99.14
€0, 0.80 1942.70 0.86 0.86 4.15 74.1




e

et
Run Column Component kg Area $Volume $Volume Component $CO,
No. in each col. in outlet flow rate Conv.
(dry basis) {dry basis) (ml/min)
g
f
H, 36.00 172800.00 67.50 66.74 331.38
N 1.00 78208.00 30.55 30.21 150.00
4 Cﬁi 1.00 4500.00 1.76 1.74 . 8.64
CoO 1.13 493.58 0.19 0.19 0.94
Hﬁ+Nanﬁ+CO) 1.00 233728.00 98.88
Co,; 0.80 2661.12 1.12 1.12 5.56 65.25
L~
.‘.'ﬂ—ﬁﬁ—r
H, 36.00 161510.40 68.65 67.40 343.20
N 1.00 70584.30 30.00 29.00 150.00 o
5 Cﬁ‘ 1.00 4952.00 1.88 1.86 9.10 SO
coO 1.13 447 .48 0.17 0.17 0.83
(H,y +N-H3Q+CO) 1.00 233728.00 99,02 :
302 0.80 2313.00 0.98 0.98 4.80 70.0
H, 36.00 191923.20 66.49 65.92 318.10 S——
N 1.00 90496.00 31.35 31.08 150.00
6 CL‘ 1.00 5799.20 2.01 1.99 9.60
co 1.13 432.50 0.15 0.15 0.72
Uﬁ+N}+CHﬁCO} 1.00 224153.60 99.14
CO, 0.80 1942.70 0.86 0.86 4,15 74.1




—

Run Column Component ki‘ Area $Volume $Volume Component $Cco, "
No. ' in each col. in outlet flow rate Conversion
e
H, 36.00 . 194227.20 65.92 65.41 312.867 e
N 1.00 93184.00 31.62 31.38 150.00
7 2 Ci—l‘ 1.00 6820.00 2.31 2.29 10.95
Cco 1.13 422.62 0.14 0.14 0.67
i (H2+N2+CH4+C0) 1.00 222464.00 99,23
- Co, 0.80 1732.00 0.77 0.77 3.68 77
e
H, 36.00 196992.00 65.68 65.21 310.00 A—
N 1.00 95334.40 31.78 31.55 150.00
8 - 2 Ci-li 1.00 7257.60 2.42 2.40 11.41
co 1.13 359.30 0.12 0.12 0.57 o
-3
1 (H2+N2+CH‘+C0) 1.00 219739.70 99,28 '
CO, 0.80 1593.60 0.72 0.72 3.42 78.6
H, 36.00 201600.00 65.51 66.06 308.40 B et
N 1.00 980224.00 31.86 31.64 150.00
9 2 Chz 1.00 7776.00 2.53 2.51 11.90
co 1.13 298.32 0.10 0.10 0.47
1 (Hy+N;+CH+CO) 1.00 219648.00 99.31
€O, 0.80 1536.00 0.69 0.69 3.27 79.6




Run  Column Component L3 Area $Volume $Volume Component  $CO; ==
No. in each col. in outlet flow rate Conv.
(dry basis) (dry basis) (ml/min)
-
Hy 36.00 202060.80 65.00 64.56 302.00
N - 1,00 100352.00 32.28 32.06 150.00
10 2 Cﬁ4 1.00 8140.80 2.62 2.60 12.21
cO 1.13 310.50 - 0.10 0.10 0.47
1 (Hy+N;+CH+CO) 1.00 208384.00 99.33 ,
CO; - 0.80 1405.44 0.67 0.67 3.13 80. 4%
Hy 36.00 203558.40 64.52 64.09 296.35 e
N 1.00 103040.00 32.66 32.44 150.00
11 2 Cﬁ4 1.00 8620.80 2.73 2.71 12.53 ‘
co 1.13 277.98 0.09 0.09 0.42 ®
1 (Hp#N+CH+CO)  1.00 208384.00 99.33 |
Co, 0.80 1405.44 0.67 0.67 3.10 80. 6% 3
Hy 36.00 203558.40 64.52 64.09 296.35 —
N 1.00 103040.00 32.66 32.44 150.00
12 2 C}-lz 1.00 8620.80 2.73 2.71 12.53
Co 1.13 278.00 0.09 0.09 0.42
1 (H2+N2+CH‘+CO) 1.00 208384.00 99.33
co, 0.80 1405. 40 0.67 0.67 3.10 80. 65}
B
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Table 7.7: Data of 1ln(x) corresponding temperature for 2.6%
inlet carbon dioxide concentration

T(%) X 1n(x) (1/T)X10° Activation
K Energy, Ea
{KCal/gmol)
210 0.6525 -0.4269 2.07
220 0.683 ~0.3813  2.03
230 0.730 -0.3147 1.99 2.54
240 0.770 -0.2614 1.95
250 0.796 -0.228  1.91

300 0.806 -0.2156 1.74

Table 7.8: Data of ln(x) corresponding temperature for
3.6% inlet carbon dioxide concentration

T(’C) x in(x) (1/T)X10° Activation

S Energy, Ea
{KCal/gmol)

210 0.646 ~0.4369 2.07

220 0.672-  -0.3975 2.03

230 0.715 -0.3355 1.99 2.52

240 0.747 ~0.2917 1.95 '

250 0.76 -0.2744 1.91

300 0.7853  -0.2417 1.74
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